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Abstract 

 

The activated sludge (AS) process is the most commonly applied method for biological wastewater 

treatment, especially in Europe. Here, a bacterial biomass suspension is responsible for the elimination 

of organic pollutants. Depending on the design and application, an AS wastewater treatment plant also 

achieves biological nitrogen and phosphorus removal. 

The AB process is a variation of the conventional, single-stage AS system. This process makes use of a 

highly loaded A-stage, in which wastewater organics are adsorbed by the sludge flocs that can be better 

digested than with the conventional AS system. In the B-stage, occurs the N-removal from the effluent. 

However, the A-stage system has as a key disadvantage the limited settle abilities of the sludge. Thus, 

this thesis focus on an A-stage enhanced through a membrane filtration system in order to create a 

highly concentrated A-stage. The membrane systems used were Microfiltration (MF) and Forward 

Osmosis (FO). 

The set-ups which were investigated in this work were a primary membrane enhanced A-stage with both 

membrane systems, an A-stage coupled with a settler connected to the FO system and an enhanced A-

stage with double membrane systems through MF system, to prevent the passage of the biggest sludge 

flocs. 

Overall, none of the set-up tested in this work proved to be effective and an improvement in this study 

area of enhanced organics recovery from wastewater via a membrane assisted A-stage. Although the 

enhanced A-stage with double membrane systems showed an increase in solids content in the A-stage, it 

was not very effective in the chemical oxygen demand removal. 
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Resumo analítico 

 

O processo de lamas activadas (LA) é o método mais utilizado no tratamento biológico de águas 

residuais. Neste processo, uma suspensão de biomassa é responsável pela eliminação dos poluentes 

orgânicos. Dependendo do design e aplicação, uma estação de tratamento de águas residuais por LA 

alcança também a remoção biológica de azoto e fósforo. 

O processo AB é uma variação do sistema convencional de LA de uma fase. Este processo utiliza uma 

Fase-A altamente concentrada onde os compostos orgânicos presentes no efluente são adsorvidos pelos 

flocos de lama, que podem posteriormente ser melhor digeridos do que os provenientes do sistema de 

LA convencional. Na Fase-B ocorre a remoção de azoto do efluente. 

Contudo, a Fase-A tem como desvantagem a deficiente sedimentação das lamas. Assim, esta tese foca-se 

numa Fase-A melhorada por sistema de filtração com membranas com o intuito de se obter uma lama 

mais concentrada. Os sistemas de membranas utilizados foram Microfiltração (MF) e Osmose Directa 

(OD). 

As variantes operacionais estudadas neste trabalho foram uma Fase-A ligada directamente a cada um 

dos dois sistemas de membranas; uma Fase-A acoplada a um sedimentador e ao sistema de OD; e uma 

Fase-A com barreira de crivo de malha metálica e ligado ao sistema de MF. 

Em geral, nenhuma das variantes testadas neste trabalho provou ser efectiva e um melhoramento nesta 

área de estudos, dado não favorecerem a recuperação de compostos orgânicos do efluente. Embora a 

Fase-A com barreira de crivo de malha metálica demonstrou um aumento no conteúdo em sólidos no 

reactor, não é muito efectiva na remoção de carência química de oxigénio. 
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1. Literature review 

 

1.1.  The world water scenario – the background 

Throughout the world, water scarcity is being accepted as a present or future threat to human activity. 

Consequently, water reuse strategies have been deserved major attention. Thus, over the last decades, 

water technology became of main importance and is being developed 1. 

Water scarcity has become a global issue and not only a problem pertinent to arid zones. Continuous 

population growth, rising standards of living, climate changes, industrialization, agriculture and 

urbanization have resulted in water becoming a limited resource. So, scarcity is also one limiting factor 

for economic and social development. Furthermore, in countries with the availability of high quality 

water, industry and agriculture have to compete for these resources with households. Due to the 

increasing pressure on the use of groundwater in the last decades, water industries have to look for 

alternative water resources, which have led to the implementation of closed cycle processes in domestic 

and industrial water supply 1. 

In water industries, wastewater treatment is regarded as an integral part of the production process 

instead of an end-of-pipe solution. Since the water availability in urbanized regions is limited, the 

effluents originated from domestic wastewater treatment plants deserve a special attention. This lead to 

the necessity of adopting water reuse strategies 1. 

 

1.2. Wastewater treatment – Activated sludge process 

The activated sludge process is the most commonly applied biological method for household wastewater 

treatment. In this process, a bacterial biomass suspension (the activated sludge) is responsible for the 

elimination of pollutants and nutrients. Depending on the design and the specific application, an 

activated sludge wastewater treatment plant (WWTP) also achieves enhanced biological nitrogen (N) 

and phosphorus (P) removal, in addition to the process inherent to biomass growth 2. 

Biological P removal depend on the ability to uptake more phosphorus into their cells of some bacteria, 

like Acinetobacter, by their capability of polyphosphate storage. These microorganisms are accumulated 

by recirculation of the sludge, through a phase without electron acceptor followed by a phase with 
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oxygen or nitrate present. In the anaerobic period, lower fatty acids, like acetate, are taken up into the 

cell and stored as polyhydroxyalcanoates (PHA). Energy (ATP) and reduction equivalents (NADH), which 

are required for this process, are generated by degradation of the internal storage products 

polyphosphate and glycogen. In the following electron acceptor phase, where P removal takes place, the 

anaerobically produced polyhydroxyalcanoates are degraded for cell growth, polyphosphate synthesis, 

and glycogen production 3. 

The three enhanced ammonium removal processes use combinations of three groups of 

chemolithoautotrophic bacteria: the famous ‘aerobic’ ammonia and nitrite oxidizers and anaerobic 

ammonia oxidizers. They all derive energy for microbial growth (with carbon dioxide - CO2 - fixation) 

from the oxidation of inorganic nitrogen compounds 4. 

The proteobacterial ammonia oxidizers can obtain their energy for growth from either aerobic or 

anaerobic ammonia oxidation. Most likely ammonia (NH3) and not ammonium (NH4
+) is the substrate for 

the oxidation process. The main results are nitrite under an aerobic environment and dinitrogen, nitrite 

and nitric oxide in anaerobic conditions 4. 

The nitrite oxidizing bacteria performance depends of the membrane-bound nitrite oxidoreductase, 

which oxidizes nitrite with water as the source of oxygen to form nitrate 4. 

The anammox process is the denitrification of nitrite with ammonia as the electron donor. Anammox 

needs a preceding partial nitrification step, that converts half of the wastewater ammonium to nitrite 4. 

This system has as main functions the oxidation of the biodegradable organic matter in the aeration tank 

(soluble organic matter is converted to inorganic metabolites and new cell mass) and flocculation 

(enabling the separation of the formed biomass from the treated effluent) 5. 

Domestic wastewater has a typical C:N:P ratio of 100:5:1, which satisfies the requirements of a wide 

variety of microorganisms. Organic matter in wastewater occurs as soluble, colloidal and particulate 

fractions. The soluble matter serves as a substrate for the heterotrophic microorganisms. It is quickly 

removed by adsorption and flocculation, as well as uptake and oxidation by microorganisms. Aeration for 

only a few hours leads to the transformation of soluble biochemical oxygen demand (BOD) into microbial 

biomass. Besides, aeration serves to supply oxygen to the mostly aerobic microorganisms and to keep 

the activated sludge flocs in constant agitation to provide adequate contact between the flocs and the 

incoming wastewater 5. 
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The conventional activated sludge process includes several steps. The primary effluent enters into the 

aeration tank, where the aerobic oxidation of organic matter takes place. Here, the effluent is mixed 

with the return activated sludge (RAS) in order to form the mixed liquor, which contains about 1500-

2500 mg/L of suspended solids (SS). By recycling part of the biomass, the activated sludge process 

maintains a sludge retention time (SRT, i.e. sludge age) that is much higher than the hydraulic retention 

time (HRT). This way, the increased biomass concentration allows a high removal rate of organic matter 

in a relatively short time (the HRT in aeration basin varies between 4 and 8 hours) 5. 

Then, the waste water goes to a settling tank, where the sludge produced during the oxidation phase in 

the aeration tank is separated from the treated effluent (Figure 1). Some sludge is then recycled to the 

aeration basin again and the remainder is “wasted” to keep an appropriate food-to-microorganisms ratio 

(F/M), constant concentration and adequate SRT, and then is transferred to an aerobic or anaerobic 

digester for further treatment 5. 

 

Figure 1 - Organic matter removal by the activated sludge process. 

(Adapted from [5]) 

The activated sludge process has some important operational parameters. Here, it will be defined the 

mixed liquor suspend solids, the F/M ratio, the hydraulic and sludge retention time concepts. 

The content in mixed liquor suspend solids (MLSS) is the total amount of organic and mineral suspended 

solids, including microorganisms. It is measured by filtering an aliquot of mixed liquor, drying the filter at 

105°C and determining the weight of dry solids on the filter 5. 
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The organic portion of MLSS (around 65-75% of MLSS) is characterized by mixed liquor volatile 

suspended solids (MLVSS), which includes organic matter, dead and live microorganisms and cellular 

debris. MLVSS is calculated by weighting the MLSS filter after heating at 600-650°C 5. 

The F/M ratio indicates the organic load fed into the activated sludge system and is expressed in kg BOD 

per kg MLSS per day, and it is calculated by Equation 1: 

 
 ⁄  

      
      

 Equation 1 

where Q is the feed flow rate (L/d), BOD5 the feed 5-day biochemical oxygen demand (mg/L), MLSS 

expressed in mg/L and V is the volume of aeration tank (L). For conventional aeration tanks, the F/M 

ratio is 0.2-0.5 g BOD5/(day.g MLSS), but it can be higher (≤ 1.5) for activated sludge using high-pressure 

oxygen, in order to increase the oxygen solubility. A low F/M ratio means that the microorganisms in the 

aeration tank are needed of nutrients, generally promoting a more efficient wastewater treatment. 5 

The influent HRT is the medium time spent in the aeration tank and it is the reciprocal of the dilution 

rate (D) (Equation 2). The hydraulic retention time may be in the order of hours 5. 

    
 

 
 
 

 
 Equation 2 

The SRT is the mean residence time of microorganisms in the system, which may be in the order of 

magnitude of days. This parameter is reciprocal of the microbial growth rate µ, if the microbial decay 

rate is neglected. The SRT can be defined by Equation 3 

    (    )  
      

                
 Equation 3 

where Xeff and Xw are the suspended solids in the settled effluent and in wasted sludge (mg/L), 

respectively, and Qeff and Qw are the flow rates of effluent and wasted sludge (m3/day), respectively 6. 

The SRT may be from 5 to 15 days in conventional activated sludge systems and it varies with the season 

of the year 5. 

In order to control the operation of an activated sludge plant, it is also important to control certain 

parameters like organic loading rate, oxygen supply and the operation of the final settling tank.This tank 

has as main functions the clarification of treated water and thickening of sludge 5. 
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1.3. ZeroWasteWater (ZWW): the concept 

The conventional activated sludge (CAS) process has around 40% of the overall costs associated with 

aeration costs. Sludge treatment and disposal also accounts for 40% of the costs. The latter are high 

since a lot of sludge is produced. Besides, in the contexts of energy efficiency, carbon footprint 

minimization and recycling, the CAS approach is not sustainable. The electricity consumption from water 

and sludge treatment represents only 13% of the overall CO2 footprint, as additional direct greenhouse 

gas emissions are generated in sewage, water and sludge treatment, and indirect emissions arise from 

plant construction, production and transport of the used chemicals, along with transport and disposal of 

the produced sludge 7. 

However, sewage still contains lots of valuable resources that can be short-cycled in a harmless way by 

providing a ‘second life’ for sewage compounds and minimising waste production from wastewater 

treatment: this is the ZeroWasteWater approach. Here, the pathways of the contemporary water cycle 

have to be downscaled significantly, and wastewater should be considered as ‘used water’: a good 

source for energy, mineral plant nutrients (N and P), organic fertiliser and mainly water. The major value 

of used water is contained in the transport vector itself, and the second-highest market value of sewage 

is its temperature, since households charge water not only with pollutants but also with heat energy, 

which can be used for heat recovery (5C cooling). To minimise fouling in the heat recovery equipment, 

to maintain high performance levels of rather temperature-sensitive biological processes and to harvest 

an additional temperature increase of about 1C due to sewage treatment, heat recovery from the 

effluent appears as an attractive option. Thus, ZeroWasteWater consists of an approach to a short-cycle 

of water, energy and valuable materials, while effectively eliminating pathogens, heavy metals and 

organics 7. 

The organic matter of sewage contains energy that can be recovered through anaerobic digestion in a 

combined heat and power chip (CHP) unit. The potential energy recapture can still be amplified by 70% 

when adding ground kitchen waste (KW), using a grinder or disposal unit set up under the domestic sink 7. 

From biogas burning in a CHP, a value of 40% heat recovery efficiency can be achieved, but this energy 

will be needed to heat the digester. However, the electricity recovery is a net gain from anaerobic 

digestion, which is even a factor of 4 higher than the electricity recovery of the current advanced CAS 

plants equipped with anaerobic digestion 7. 
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The environmental footprint can also be decreased by sequestering part of the residual organic carbon 

by the production of biochar, a form of charcoal obtained from pyrolysing biomass 7. 

Biological nitrogen removal represents a major part of the overall electricity demand since 65% of the 

excreted nitrogen is oxidised through nitrification/denitrification in the biological CAS unit. If only 50% 

could be recuperated by ion exchange, struvite precipitation or stripping, a market value of about 

3€/IE/year would be achieved 7. 

The phosphorus excreted in sewage is in most cases precipitated or incorporated into sludge through 

biological and/or chemical reactions, and subsequently dumped in landfills, either directly or after 

incineration. The resource for phosphorus fertiliser production (mineral phosphate rock) is expected to 

be depleted in the coming years. So, recovery will be a necessity and can be achieved through land 

spreading of sludge or biochar from sludge (where phosphorus is bioavailable), struvite precipitation 

(after phosphorus release from the coagulation with iron, aluminium, lime or magnesium) or recovery 

from sludge ash (where no iron salts were used for precipitation) 7. 

There are few examples in the world, like Windhoek (Namibia), the ‘Water Factory-21’ concept 

(California), the ‘NEWater’ technology (Singapore) and Koksijde (Belgium), that confirm that harmless 

potable water reuse from a CAS effluent is technologically and economically viable through a several 

barrier approach, like pre-ozonation, activated carbon filtration, microfiltration (MF), reverse osmosis 

(RO), etc. However, social acceptance is still a problem that can be solved by good documentation, 

communication and interaction, although direct reuse could raise some psychological difficulties, 

especially in regions that are not under heavy water stress 7. 

There have also been described some sustainable technologies for source-separated treatment at the 

household level of either yellow water (urine), brown water (faeces), black water (urine and faeces) 

and/or grey water (washing water from laundry, kitchen and shower): for example, the so-called No-Mix 

toilet for yellow water separation, and the project in Sneek (the Netherlands), where grey water and 

concentrated black water are collected from 32 houses 7. 

To obtain higher chemical oxygen demand (COD) levels in order to optimize the energy and material 

recovery, dilution and microbial activity in the sewer should be prevented, in addition to the use of an 

advanced concentrator at the entry of the sewage treatment facility. To do that, a separate sewer 

system can be used, with a sanitary and a storm sewer (which can increase pollutant concentrations 

around 85%), improve the pipe maintenance to significantly decrease infiltrations (with 50% less 
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infiltration, the concentrations would increase only around 20% in combined sewer systems, but around 

140% in a separate sewer system), water conservation in a separate sewer system (water conservation 

of 25% could lead to a concentration increase of around 190%; such a decrease in the water use should 

be possible with relatively simple measures and even increasing efficient water use of domestic 

application) and addition of ground KW ( which can increase the COD concentration by around 70%). 

These four improvements could roughly increase the COD levels by a factor of 5 7. 

However, at the entrance of the ZeroWasteWater plant an advanced physico-ch emical or biological 

concentration step should concentrate the COD by at least a factor of 10, even without prevention of 

dilution and microbial activity in the sewer. This includes concentration techniques like 

 Primary membrane filtration (PMF), 

 Dynamic sand filtration, 

 Dissolved air flotation, 

 Chemically enhanced primary sedimentation, 

 Biological sorption, 

 Poly-electrolyte dosage or, 

 A combination between the previous.7 

Thus, ZeroWasteWater is expected to recover significant amounts of products while being economically 

viable 7. 

 

1.4.  AB process: the A-stage 

The AB process is a variation of the conventional and simple single-stage activated sludge system, which 

can produce secondary sludge with much higher biodegradability during anaerobic digestion or 

fermentation. This process makes use of a highly loaded A-stage (adsorption) in which wastewater 

organics are adsorbed by the sludge flocs which can then be better digested when compared with sludge 

from the conventional activated sludge system. Then, in the B-stage, the N-removal from the effluent 

occurs. Usually, this process does not use preliminary clarification in order to provide better application 

of the microbial reaction mechanisms. This procedure is less sensitive to pH changes and peak loads such 

as COD, BOD5, N, etc. The two-stage system allows a decrease in the footprint of the wastewater 

treatment plant, due to the high organic loading rate in the adsorption stage 1. 
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The A-stage involves biological sorption, in which a high sludge-specific loading rate is applied, yielding 

mainly conversion of organic carbon into microbial biomass 7. 

Thus, the main advantages of this stage are that a considerable quantity of easily biodegradable sludge is 

generated, and the surplus sludge, since it is energy rich, can therefore be valorised through anaerobic 

digestion with an energy self-supporting wastewater treatment as a consequence. This can be obtained 

through methanogenesis or other bioproduction processes. However, the A-stage system has as key 

disadvantages the incomplete removing of N and P from the effluent and the poor settling of the sludge 8. 

There are some kinds of solids separation problems in activated sludge. Most solids separation problems 

can be associated to the characteristics of the activated sludge flocs. A classic activated sludge has an 

extensive range of particle sizes – from single bacteria, with dimensions in the near range of 0.5 to 5 µm, 

up to greater aggregates (flocs), that can achieve sizes superior than 1 mm (1000 µm).8 Dispersed 

growth, filamentous bulking (caused by an overabundance of filamentous organisms), viscous bulking 

(produced by excessive amounts of exocellular material) and foam/scum formation are some of the main 

microbial-related solids separation problems in activated sludge 8. 

Activated sludge flocs are composed of biological and non-biological components. The biological 

component comprises a wide variety of bacteria, fungi, protozoa and some metazoa. The non-biological 

component includes inorganic and organic particles, fibres from the incoming wastewater, and 

exocellular polymers that play a role in bioflocculation. These biopolymers are composed mostly of 

proteins and carbohydrates 8. The source of activated sludge flocs formation is related with the capacity 

of microorganisms to stick to each other and to non-biological particles 8. 

Anaerobic digestion of sludge produced in such a high rate-activated sludge process, in combination with 

energy friendly side-stream nitrogen removal with oxygen-limited autotrophic nitrification-denitrification 

(OLAND) has proven that energy self-sufficiency is feasible, at Strass wastewater treatment plant 

(Austria) 7. In addition, biogas production can be further improved by the addition of various organic 

waste streams, like algae and ground road trimmings, expired food and restaurant waste 7. 
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1.5. Anaerobic digestion (AD) 

The organic sludge produced during wastewater treatment processes is submitted to some form of 

biochemical stabilisation, with AD performing an important role. This is due to its capacities to transform 

organic matter into biogas (60–70 volume % of methane). In the end of this process the final quantity of 

sludge for disposal is reduced, most of the pathogens present in the sludge are eliminated, and potential 

odour problems associated with remaining putrescible matter becomes limited 9. 

Thus, AD is one of the possibilities to treat the sludge produced through wastewater treatment and to 

take value from it. AD offers low-cost treatment of sludge and solid domestic wastes, which represent a 

vast application prospective that should be encouraged in the unindustrialized countries. The liquid and 

solid residues of AD are considered as a nuisance for humans and for ecosystems. Hence, the key point 

for ensuring the future of AD is to promote the green energy aspect and particularly to find better 

endpoints for the digester waste products 10. 

AD is a complex process which obliges strict anaerobic conditions (oxidation reduction potential, ORP, < - 

200 mV) to work, and depends on the synchronized activity of a multiple microbial association to convert 

organic compounds into mostly CO2 and CH4. Among the successive steps of AD (Figure 2), hydrolysis is 

usually considered as rate limiting 9. 

 

Figure 2 - Successive steps in the anaerobic digestion process. 

(Adapted from [9]) 



10 
 

The hydrolysis stage degrades insoluble organic and high molecular weight composites as lipids, 

polysaccharides, proteins and nucleic acids, into soluble organic products (e.g. amino acids and fatty 

acids). The compounds produced during hydrolysis are then fragmented during the second phase, 

acidogenesis. Volatile fatty acids (VFA), ammonia (NH3), CO2, hydrogen sulphide (H2S) and other products 

are formed by acidogenic/fermentative bacteria 9. 

The third step in AD is acetogenesis, in which the higher organic acids and alcohols produced by 

acidogenesis are digested by acetogens to form mostly acetic acid, CO2 and hydrogen (H2). This reaction 

is highly controlled by the partial pressure of H2 in the medium 9. 

During the final stage, methanogenesis, methane is produced by two groups of methanogenic Archaea. 

The acetoclastic turns acetate into methane and carbon dioxide, and the hydrogenotrophic uses 

hydrogen as electron donor and carbon dioxide as acceptor to produce methane 9. 

Anaerobic digestion can give several important benefits, such as small sludge production, low energy 

necessity, and possible energy recovery. Compared to mesophilic digestion, thermophilic anaerobic 

digestion has extra advantageous as a high quantity of waste stabilization, extra elimination of viral and 

bacterial pathogens, and enhanced post-treatment sludge dewatering 11. Despite these advantages of 

AD, some limitations are inevitable, like: 

 The only partial decomposition of the organic fraction achieved; 

 The rather slow reaction rate and associated large volumes and high costs of the digesters; 

 The vulnerability of the process to various inhibitors; 

 The rather poor supernatant quality produced, thus requiring extra treatment; 

 The existence of extra biogas elements such as CO2, H2S and excess moisture; 

 The probable existence of volatile siloxanes in the biogas that can do severe damage in the 

energy consumers (generator, boiler) due to the creation of microcrystalline silica; 

 The amplified concentration of heavy metals and numerous industrial organics in the 

residual sludge due to the substantial decrease of the organic portion through digestion, 

leaving the mineral and non-degradable fraction intact 9. 

Thus, difficulties such as low methane yield and procedure unpredictability are frequently encountered 

in anaerobic digestion, avoiding this process from being more commonly used. A varied diversity of 

inhibitory elements is the primary source of anaerobic digester failure, since they are present in 
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considerable concentrations in wastes. The inhibitors that usually exist in anaerobic digesters are 

ammonia, sulphide, light metal ions, heavy metals, and organics. Co-digestion with additional wastes, 

adaptation of microorganisms to inhibitory compounds, and integration of approaches to eliminate or 

neutralize toxicants previously anaerobic digestion can considerably enhance the waste treatment 

efficiency 11. 

Co-digestion also increases gas production due to the higher gas yield gained from several organic 

industrial wastes, when compared to sewage sludge, and it does not limit further the use of the sludge 

for the production of compost to be recycled as a soil conditioner. Combining wastes will also provide 

the opportunity of treating wastes which cannot be successfully treated alone, like fatty wastes or 

wastes with a great protein content like size wastewater 12. 

In anaerobic digestion, the acid and the methane forming microorganisms differ widely in terms of 

structure, dietary needs, growth kinetics, and awareness to medium conditions. Failure to preserve the 

equilibrium among these two groups of microorganisms is the main reason of reactor instability. A 

compound may be arbitrated inhibitory when it causes an adverse change in the microbial population or 

inhibition of bacterial/archaea growth. Inhibition is usually indicated by a reduction of the steady-state 

rate of methane production and accumulation of VFA 11. 

Within the anaerobic environment, several significant parameters disturb the rates of the different steps of 

the digestion procedure, i.e. pH and alkalinity, temperature, and retention time values (HRT and SRT) 9. 

 

1.6.  Fermentation 

The concentrations of biodegradable COD, such as short chain fatty acids (SCFAs), in wastewater 

intensely disturb the efficacy of biological nutrient (P and N) removal procedures. Phosphorus removal is 

incomplete by the accessible SCFAs source due to intake of SCFAs by other organisms competing with 

phosphate accumulating organisms (PAO) 13. In order to decrease the working cost of extra carbon 

dosing while accomplishing the effluent quality requests, another approach of increasing SCFAs 

concentration in a biological nutrient removal facility is using an internal carbon source, i.e., by 

fermentation of waste sludge produced in WWTPs 13. 

As the surplus sludge comprises high quantities of organic matter, it may become an abundant source of 

low-cost organic substrate for fermentative SCFAs production, by which decrease and stabilization of 
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organic wastes can also be achieved. By controlling the operational conditions, it is possible to limit 

anaerobic digestion to the acidogenic phase. By increasing the hydrolysis and acidification rates and at 

the same time obstructing the methane production pathway, the SCFAs manufacture could be 

enhanced. The SCFAs consist of acids like acetate, propionate, iso-butyrate, n-butyrate, isovalerate, and 

n-valerate, but acetic acid is the most prevalent product with a fraction of 40-55% 13. 

The outlet sludge of the acidogenic process goes to a screw press. The VFA would be extracted from the 

liquid phase and would be converted to products. The pressed sludge from the acidogenic treatment 

could go directly to a composting step for production of soil amendment or it would even be possible to 

recover part of the energy, digesting the degradable organic fraction still remaining in the residue 14. 

The VFA could be extracted from the liquid phase and transformed to products, such as methyl or ethyl 

esters, for commercial purposes, and they could, for example, be used favourably as an additive for 

gasoline considering their high octane numbers (between 103 and 118). They also could be used to 

produce biogas in a second stage of anaerobic digestion (two-phase anaerobic digestion) 14. It has been 

shown that two-phase anaerobic digestion steadies municipal sludge at greater efficacies and rates than 

those accomplished by conventional single-stage CSTR digester at mesophilic as well as thermophilic 

temperatures, and at some levels of HRT, loading rate, and feed volatile solids (VS) concentration 15. 

1.7.  First concentration step in the ZWW-concept: Membrane process 

1.7.1. Advantages of membrane assisted biotreatment 

The advantages presented by the membrane bioreactors over conventional treatment include reduced 

footprint. The total retention of sludge permits process at much higher biomass concentrations 16. 

In addition, high sludge retention time values allow specialized microorganisms, for example slow-

growing nitrifying autotrophs, to be retained in an aeration tank and thus establish themselves in the 

system. They are no longer washed out, and hence stable nitrification can be observed as long as the 

oxygen concentration is high enough 16. 

Another benefit of the use of membranes is the irrelevance to hydraulic variations. Because of higher 

volumetric loading rates, smaller reactor volumes can be operated, and secondary clarification and 

possibly parts of the pre-treatment can be omitted 16. The system is also capable of handling wide 

oscillations in influent quality, and the effluent can be reused directly for non-potable purposes since the 

filtration efficiency produce high-quality water 17. 
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1.7.2. Microfiltration (MF) 

Microfiltration membranes can substitute conventional sedimentation for the separation of the treated 

effluent from the sludge. Furthermore, ultra- and microfiltration membranes with a pore-size of 0.2 μm 

or less keep bacteria and viruses entirely 16. 

MF membranes have pores between 0.1 and 2 μm. Suspended solids or combined constituents and 

bacteria/protozoa larger than the pore size can be separated from the feed solution. The operating 

pressure ranges from 2 to 8 bar 17. 

 

1.7.3. Forward osmosis (FO) 

Usually, osmosis is defined as the water movement across a selectively permeable membrane promoted 

by a difference in osmotic pressure across the membrane. A selectively permeable membrane consents 

passage of water, but rejects solute molecules or ions 18. 

Osmotic pressure (π) is the pressure which, if applied to the more concentrated solution, would avoid 

passage of water across the membrane 18. 

FO uses the osmotic pressure differential (∆π) across the membrane, instead of the hydraulic pressure 

differential (as in RO), as the driving force for passage of water by the membrane. The FO process 

consists in concentration of a feed stream and dilution of a highly concentrated stream, mentioned to as 

the drawing solution (Figure 3). Thus, the concentrated solution on the permeate side of the membrane 

is the source of the driving force in the FO process. When picking a drawing solution, the key principle is 

that it has a higher osmotic pressure than the feed solution 18. 
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Figure 3 - Flow in FO. Feed water flows on the active side of the membrane and drawing solution flows counter-currently on 
the support side of the membrane. 

(Adapted from [18]) 

 

The general equation describing water transport in osmotic processes is Equation 4 

     (       ) Equation 4 

where Jw is the water flux, A the water permeability constant of the membrane, σ the reflection 

coefficient (the reflection coefficient accounts for the imperfect nature - solute rejection less than 100% 

- of the membrane. The reflection coefficient is 1 for complete solute rejection), and ∆P is the applied 

pressure. For FO, ∆P <<Δπ 18. 

Pressure-retarded osmosis (PRO) can be considered as a middle process between FO and RO, where 

hydraulic pressure is produced in the contrary way of the osmotic pressure gradient (like in RO). Still, the 

water flux is in the way of the concentrated drawing solution (analogous to FO). For PRO, ∆π >∆P. 

The osmotic pressures of some drawing solutions at different molarities were presented in Cath et al. 

(2006) 18 using OLI Stream Analyzer 2.0 (OLI Systems Inc., Morris Plains, NJ) and they are characterized in 

Figure 4. This software uses thermodynamic modelling based on published experimental data to 

calculate, in an extensive variety of concentrations and temperatures, the properties of solutions 18. 



15 
 

 

Figure 4 - Osmotic pressure as a function of solution concentration at 25C for various potential drawing solutions. 

(From [18]) 

The Van’t Hoff model calculates the osmotic pressure by Equation 5 

       
  

  
 Equation 5 

where v is the number of ions, c the concentration (kg/m3), R the ideal gas constant, 8.314 J/(mol.K), T 

the absolute temperature (K) and Mw the molecular weight (g/mol) 19. 

Still, the Van’t Hoff model gives an overestimation of the osmotic pressure at high concentrations. For 

that reason, the osmotic pressure can also be determined with the more accurate Pitzer model. This 

model calculates the osmotic pressure on the basis of interactions between ions. The osmotic pressure is 

expressed by Equation 6 

   
     
      

(  )  Equation 6 

where Mws is the molecular weight of the solvent (g/mol), vs the molar volume of the solvent (m3/mol), 

vm the number of positive ions and Ø is an osmotic pressure coefficient, indicating the deviation from 

the Van’t Hoff model. Ø can be calculated 19. 

Thus, the osmotic pressure of distilled water is obviously 0 Pa, regular well water (“freshwater“) has a 

osmotic pressure of less than 105 Pa, the seawater value is typically 2300–2600 kPa and can reach 3500 

kPa 20, and sewage osmotic pressure is around 50 kPa 21. 
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An additional important criterion in some uses of FO is the choice of an appropriate process for 

reconcentrating the drawing solution after it has been diluted in the FO process. Diffusion of the solute 

from the drawing solution through the membrane must also be considered. In some applications where 

high rejection is wanted, multivalent ion solutions may be desirable 18. 

The key advantages of using FO are that it works at low or zero hydraulic pressures, it has high rejection 

of a varied range of impurities, and it may have a lower membrane fouling tendency than pressure-

driven membrane processes 22. Since the only pressure involved in the FO process is created by the flow 

resistance in the membrane unit (values of some bars), the apparatus used is very simple 18. The 

selective layer is as thin as conceivable in RO and FO membranes to decrease hydraulic resistance, but a 

strong and much thicker support layer is needed to provide some mechanical strength to the 

membranes. However, it is still much thinner when compared with the other membrane processes which 

operate with high hydraulic pressures. 

The main disadvantage in the FO systems is with the disposal of the drawing solution after the process. 

One possible solution when working with low salt concentrations is to deposit it in the ocean since it 

would not have highly adverse effects. One more sustainable option is a new approach of a dual stage 

osmotic dilution coupled with seawater RO (SWRO) (Figure 5), where osmotic dilution of seawater occurs 

prior to RO desalination 23. In that system, pre-treated seawater is used as a drawing solution to 

concentrate a weakened water stream (pretreatment of the seawater is still mandatory regardless of its 

osmotic dilution because impurities in the seawater will contact the RO membrane). Then, the diluted 

seawater is used as a feed for RO to produce clean water. Before discharge, the concentrated SWRO 

brine can be diluted in the second osmotic dilution stage by the concentrated impaired water, or it can 

be used in a PRO system to recuperate energy. The concentrated impaired water can be used for useful 

purposes (e.g., further dewatering to produce high grade fertilizer), or forwarded to a WWTP for 

retreatment. Moreover, the SWRO concentrate is diluted in the second osmotic dilution stage. This way, 

there is a reduce environmental impact associated with the discharge of the concentrated brine to the 

ocean, since it is much less concentrated than the brine of conventional RO 23. 
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Figure 5 - Dual stage osmotic dilution coupled with SWRO. 

(Adapted from [23]) 

 

In FO processes, the osmotic pressure difference transversely to the active layer is much inferior 

compared to the general osmotic pressure difference, which outcomes in much lower water flux than 

projected. This fact is often associated to several membrane-associated transport phenomena. In detail, 

two types of concentration polarization (CP) phenomena – external CP and internal CP – can occur in 

osmotic-driven membrane processes 18. 

In pressure-driven membrane processes, convective permeate flow causes a build-up of solute at the 

membrane active layer surface and so rise osmotic pressure at the membrane active layer surface. 

Referred to as external concentration polarization (ECP), this process reduces permeate water flux due 

to increased osmotic pressure that must be overcome with hydraulic pressure. 

CP due to water permeation is not limited to pressure-driven membrane processes and also occurs 

during osmotic-driven membrane processes. At the membrane surface occurs two processes: on the 

feed side, the solute is concentrated, and on the permeate side, the solute is diluted. These two linked 

phenomena are concentrative and dilutive ECP, respectively. This way, CP phenomena reduces the 

effective osmotic driving force. The adverse effect of the ECP on osmotic-driven membrane processes 

can be minimized by increasing tangential flow velocity and turbulence at the membrane surface, which 

increases the diffusion rate of compounds from the surface to the bulk solution, or by manipulating the 
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water flux. Due to the low hydraulic pressure used in FO, membrane fouling induced by ECP has slighter 

effects on water flux compared to the consequences in pressure-driven membrane processes 18. 

To calculate what is called the concentrative ECP modulus, Equation 7 is used 

    
    

    (
  

 
) 

 

Equation 7 

where k is the mass transfer coefficient, Jw is the experimental permeate water flux, and π F,m and π F,b 

are the osmotic pressures of the feed solution at the membrane surface and in the bulk, respectively. 

The exponent is positive, indicating that π F,m > π F,b. Concentrative ECP only happens on the feed side of 

the membrane 24. 

A dilutive ECP modulus can be calculated as above, except that in this situation, the membrane surface 

concentration of the drawing solute is inferior to the one of the bulk (Equation 8) 
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) Equation 8 

Here, π D,m and π D,b are the osmotic pressures of the drawing solution at the membrane surface and in 

the bulk, respectively 24. 

To model the flux performance of the FO process in the presence of ECP, the standard flux equation for 

FO is given by Equation 9 

    (         ) Equation 9 

where A is the pure water permeability coefficient. It is assumed that salt does not cross the membrane, 

or that σ, the osmotic reflection coefficient, has a value of 1. This equation predicts flux as function of 

driving force just without concentrative or dilutive ECP, which may be effective only if the permeate flux 

is very low. When flux rates are higher, however, this equation must be altered to include both the 

concentrative and dilutive ECP 24 (Equation 10). 

    [       ( 
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)] Equation 10 

If the porous support layer of an asymmetric membrane faces the feed solution, a concentration 

gradient is established along the inside of the support layer as water and solute spread the porous layer. 

Mentioned to as concentrative internal CP, this occurrence is similar to external CP, excepting that it 

takes place within the support layer, and therefore, cannot be reduced by cross-flow. In FO applications 



19 
 

for desalination and water treatment, the active layer of the membrane faces the feed solution and the 

porous support layer faces the drawing solution. As water permeates the active layer, the drawing 

solution inside the porous arrangement turns diluted. This is referred to as dilutive internal CP. 

The desired characteristics of membranes for FO are high density of the active layer for high solute 

refusal; a thin membrane with maximum porosity inside the support layer for low internal CP, and 

consequently, higher water flux; hydrophilicity to improve the flux and decrease membrane fouling 18. 

Diverse module configurations can be used to embrace or pack membranes for FO. Laboratory-scale 

modules have been planned for use with either flat sheet or tubular/capillary membranes. Larger-scale 

applications have been designed and built with flat sheet membranes in plate-and-frame configurations. 

For example, the spiral-wound module, one of the most common packing arrangements in the 

membrane industry, cannot be used in its design for FO because a liquid stream cannot be obligated to 

move on the support side (inside the envelope). Two of the main problems of plate-and-frame elements 

for membrane use are the absence of acceptable membrane support and low packing density. Absence 

of satisfactory membrane support confines operation to low hydraulic pressure and/or operation at 

comparable pressures on both sides of the membrane (demanding some high process control). Low 

packing density leads to a larger system footprint, higher capital costs, and higher operating costs (labour 

for membrane replacement). Other limitations of the plate-and-frame configuration include problems 

with internal and external sealing, difficult monitoring about the membrane robustness, and a restricted 

range of operating conditions (e.g., flow velocities and pressures) 18. 

FO has been used in wastewater treatment and water purification. Specifically, these include an early 

study on concentration of dilute industrial wastewater, an investigation on treatment of landfill leachate, 

a study on direct potable reuse of wastewater in advanced life support systems for space applications, 

and an investigation on concentration of liquids from anaerobic sludge digestion at a domestic 

wastewater treatment facility 18. 

 

1.7.4. Fouling 

Apart from the mentioned advantages, the widespread application of the membrane bioreactor (MBR) 

process is constrained by membrane fouling. Fouling leads to permeate flux decreasing, this involves 

more recurrent membrane cleaning and indispensable replacement. Thus, fouling is intrinsically 

associated with increasing operating costs. Membrane fouling is a consequence from interaction 
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between the membrane material and the constituents in the activated sludge liquor. This liquor contains 

substrate components, cells, cell debris, and microbial metabolites such as exocellular polymeric 

substances (EPS). Membrane fouling in MBR structures can be reversible (i.e., detachable by physical 

washing) or irreversible (incomplete removable by chemical cleaning), and can occur on the membrane 

surface or in the membrane pores 25. 

Biofouling is a great limitation in the use of membranes for water treatment. Biofouling occurs when the 

growth of microorganisms, typically as a biofilm, becomes substantial enough to increase feed channel 

pressure drop, to reduce permeate flux, and to compromise rejection properties of a membrane 

installation. Cells and organic macromolecules are so abundant in industrial water streams that surfaces 

in contact with water are covered with a conditioning film within seconds; biofilm development quickly 

follows as cells adhere easily to the conditioning film. Biofilms are particularly difficult to avoid or to 

remove. Employment of anti-biofouling strategies, such as antimicrobial compounds or turbulent 

hydrodynamic conditions, tends to select for organisms resistant to that particular countermeasure, 

resulting in the development of very robust biofilms 26. 

The use of biocides and cleaning procedures for biofouling control may be diminished by membranes 

resistant to biofouling. Hydrophilic and smooth surfaces have historically shown resistance to protein 

and bacterial adhesion. Recently, polydopamine has emerged as a hydrophilic surface modification agent 

capable of reducing oily water membrane fouling. Poly(ethyleneglycol) (PEG) has been successfully 

grafted to polydopamine modified membranes, resulting in improvements in oily water fouling behavior 26. 
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2. Research question and thesis outline 

The AB process makes use of a highly loaded A-stage (adsorption) in which wastewater organics are 

adsorbed at the sludge flocs. The advantage of this process is that a considerable quantity of easily 

biodegradable sludge is generated, which can be used for downstream methanogenesis or other 

bioproduction processes. However, a key disadvantage in the A-stage is the poor settling of the sludge. 

Here, we will try to find out if it is possible to directly combine a membrane system (FO and MF) with an 

A-stage bioreactor at a laboratorial scale, in order to create an efficient A-stage independent of the 

sludge settling capacity. An alternative, in which the membrane system is connected to the supernatant 

outlet from a small intermediate settler installed downstream of the A-stage was also tested. Thus only 

the aqueous phase is fed to the membrane stage, and the membrane is protected from probable 

accelerated fouling, will also be tested. Finally, an A-stage enhanced with a double membrane system 

(MF) will also be evaluated. If possible, the maximum sludge concentration that the system can hold will 

also be determined. 

These systems may allow operation at even higher loading rates with retention of the highly degradable 

sludge, producing high-quality effluent. Discussed thorough evaluation will be made in order to 

determine which is the most advantageous membrane system: MF or FO. 

This operational system may maximize the transfer of organic pollutants from wastewater to a sludge 

fraction with optimal potential for the recovery of energy or biochemicals, and thus potentially improve 

the biodegradability of activated sludge removed from wastewater treatment units. The system may 

produce good quality and abundant sludge, which can be further digested or fermented into valuable 

products and/or energy. Ideally, the final products that will be produced will be compared in quantity 

and quality with the products obtained from a standard AB-setup and a CAS. 

In the previous chapter 1 - Literature review - a theoretical introduction is given on the topics covered 

and underlying the motivation of this work. Then, the experimental setups and analytical techniques 

used are described in chapter 3 - Materials and methods. Chapter 4 - Results - describes the results 

obtained with each experimental set-up. Although tests of sludge anaerobic digestion and fermentation 

and the determination of the maximum sludge concentration that the system could hold were some 

extra objectives of this work, they were not covered, since the main objective was to obtain a stable A-

stage. Finally, in chapters 5 - Discussion - and 6 - Conclusion- the main conclusions and notes obtain 

within this work are discussed. 
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3. Materials and methods 

3.1. Experimental Setups 

3.1.1. Wastewater and sludge 

The wastewater (WW) used in the concentration tests was obtained from the Ossemeersen WWTP 

(Aquafin, Ghent) and from the Hospital Maria Middelares WWTP (Ghent). Unless otherwise mentioned, 

the wastewater was collected at the point where it enters the WWTP, i.e., prior to pre-treatment. The A-

sludge used is from RWZI Nieuwveer (Breda, the Netherlands). 

 

3.1.2. Primary membrane enhanced A-stage 

3.1.2.1. General set-up and operational conditions 

Since the poor settling of the sludge is a key disadvantage in the A-stage, here we propose to use a 

membrane bioreactor to create an A-stage independent of the sludge settling capacity. 

To achieve this, the A-stage was linked to each of the two different membranes units tested (Figure 6). 

 

 

Figure 6 - A-stage enhanced with a membrane system with the desired operational conditions. 
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The goal of this experiment was to treat 8 L of wastewater per day with a desired output of 7.875 L per 

day of clean water. Thus, a feed vessel with WW was connected to the reactor by an input ProMinent 

pump that provided a flow rate of 8 L per day. The reactor consisted of a beaker with 500 mL working 

volume containing the A-sludge. Mixed liquor was drawn though a level pipette and recirculated 

between the reactor and the membrane system using a Heidolph 5001 pump. Two membrane units (MF 

and FO), used to produce clean effluent and return A-sludge, were applied. The A-stage was magnetically 

stirred. 

This way, the HRT in the A-stage is given by 

 

    
              

                 
 
     

     
 

      

           
       Equation 11 

 

The concentration of total solids (TS) is expected to be much lower in the effluent than in the mixed 

liquor, since the membrane should reject all the biomass. In this system, TS determinations were not 

performed on the ML, sludge waste line or effluent, and thus the SRT could not be exactly determined. 

However, neglecting biomass in the effluent and assuming that the biomass concentrations in the 

reactor and in the waste line are similar, the SRT would be calculated by Equation 12. 

 

    
      

               
 
      

     
 
 

  
 

     

         
        Equation 12 

 

The bleed corresponds to a flow rate removed from the reactor in order to establish a steady state. 
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3.1.2.2. Microfiltration (MF): membrane system 1 

In this set-up, one plate and frame module with two membrane units in series were used with the 

characteristics described in Table 1. The membranes were made of chlorinated polyethylene with a pore 

range between 0.4 and 1 μm. A view of the MF unit used is represented in Figure 7. 

 

 

Figure 7 – MF unit used. 

 

Table 1 – MF system characteristics 

 Value Unit 

Number of membrane units in series 2 - 

Membrane surface area for each module 0.0118 m2 

Cross sectional area of the flow channel 71 mm2 

Membrane pore size range 0.4 – 1 µm 

Flow rate in the module 10 mL/s 
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In order to introduce a membrane relaxation period during the operational time and to further counter 

fouling, the permeate pump and outlet were shut off 20% of the time. Thus, the desired fluxes in the MF 

unit are described in Table 2. 

Table 2 – Determination of the desired permeate fluxes in the MF system 

Desired average permeate flow rate: 3.9375 L/d Value Unit 

Flux MF 6.94 
L/(m2.h) 

Flux MF, with 80% runtime - 20% cross flow time taken into account 8.68 

Desired average permeate flow rate: 7.875 L/d 
 

Flux MF 13.89 
L/(m2.h) 

Flux MF, with 80% runtime - 20% cross flow time taken into account 17.36 

 

A Watson Marlow SCI 323 pump was used for permeate extraction. The permeate flux value was 

measured every hour during the essay in every experimental setup used, by determining the permeate 

volume in each hour. 

 

3.1.2.3. Forward Osmosis (FO): membrane system 2 

In order to perform FO, a cone was used as a vessel to retain one litre of the drawing solution, with a 

draw off line at the required level to remove the excess and thus determine the permeate flux (Figure 8). 

The feed solution ran on the active side of the membrane unit and the drawing solution on the support 

side, in order to provide water passage from the feed side to the permeate side. Thus, the excess volume 

removed from the cone was due this water osmosis through the membrane. 

In this set-up, two membrane modules were used in series with the characteristics described in Table 3. 

Table 3 – FO module characteristics 

 Value Unit 

Number of modules in series 2 - 

Membrane surface area for each module 0.0124 m2 

Cross sectional area of the flow channel 50 mm2 

Streaming potential for the clean active layer -6.63 mV 
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Figure 8 – FO system used. 

To perform the FO, the ML was recirculated through the membrane system using a Masterflex L/S 

economy drive pump, from Cole Parmer, with model 77200-60 tube heads. The permeate flux value was 

determined every hour during the essay. 

In order to have the same flow rate (Q) used in the MF system and thus compare the results obtained, 

the cross flow velocity (vl) in the FO system can be calculated. Since the flow rate is 10 mL/s=10x10-6 

m3/s, the cross flow velocity, which is calculate by Equation 13, 

         Equation 13 

Had a value of 10x10-6 m3/s / 50x10-6 m2=0.2 m/s. 

In this set-up, the FO system used 0.75 M NaCl as drawing solution and 25.4 mL/h of 5 M NaCl as 

corrective solution. 

3.1.3. A-stage coupled with a settler and membrane system 

3.1.3.1. General layout and sedimentation stage 

In order to improve A-stage operation and prevent the accelerated fouling of the membranes, a pre-

sedimentation step was introduced. Thus, a conical sedimentation vessel was installed between the A-

stage and the membrane unit, from which the supernatant was sent to the FO unit and part of the 

settled sludge returned to the reactor. An excess sludge stream was operated to maintain the adequate 

SRT value (Figure 9). 
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Figure 9 - A-stage coupled with a settler with the desired operation conditions. 

The A-stage consisted of a beaker with working volume controlled at 500 mL, as described before. A 1-L 

conical storage vessel with a connection for the supernatant withdrawal kept at the 300 mL level was 

used as sedimentation vessel. This way, the HRT in the A-stage can be calculated by Equation 14, 

    
                      

                 
 
     

     
 

      

           
       Equation 14 

The expected SRT value would be 2 days, with the flow rate values in Figure 9, if the concentration effect 

in the settler and the biomass transferred with the settled supernatant could both be neglected 

(Equation 15). In reality, the SRT value was probably lower. 

    
      

               
 
      

     
 
 

  
 

     

         
        Equation 15 

In this system, new WW was added every two days to the feed vessel and the A-stage was magnetically 

stirred. The waste stream withdrawal began at day 7. The bleed corresponds to a flow rate removed 

from the settler in order to establish a steady state. In this approach, only the FO system was tested as 

membrane system. 

TS and VS determinations were carried out only on the initial ML and in the sludge bleed, which was 

performed directly from the bottom of the settler. Soluble COD (sCOD), total COD (tCOD), chloride, 

nitrate, nitrite, sulphate and orthophosphate (PO4
3-) determinations were performed every two days on 

the settler supernatant and the new wastewater added. The oxygen concentration in the A-stage was 

determined every day. 
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In order to perform the sludge sedimentation calculations, the characteristics resumed on Table 4 were 

admitted 27. 

Table 4 – Values used for sludge sedimentation calculations 

 Value Unit 

  , mass density of sludge 1050 kg/m3 

    mass density of water 1000 kg/m3 

  , viscosity of water at room temperature 0.001 cP 

Waste water flow rate 0.008 m3/d 

 

The funnel used as sedimentation vessel had the dimensions presented on Table 5. 

Table 5 – Sedimentation vessel dimensions 

 Value Unit 

Top inside diameter 116 mm 

Bottom inside diameter 7.5 mm 

Side length 467 mm 

 

By the Pythagoras' theorem, the height (h) is calculated by Equation 16. 

  √(           )  (
                   

 
 
                      

 
)
 

          Equation 16 

 

Other useful parameters concerning the sludge sedimentation calculations, like the cone’s slope (s), 

intercept radius (Ir) and intercept height (Ih) were also calculated by Equation 17 to Equation 19, and the 

values are resumed on Table 6. 

 

  

                   
  

                      
 

 
        Equation 17 
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Equation 18 

   
  
 
          

 

Equation 19 

Table 6 – Sedimentation cone geometrical data 

 Value Unit 

s 0.117 - 

Ir 0.00375 m 

Ih 0.0321 m 

 

It was assumed that all particles are spherical and that all particles larger than 0.25 mm must settle. The 

first assumption is known to be incorrect since sludge flocs are irregularly shaped, thus decreasing their 

settling velocity. The 0.25 mm maximal diameter has however a safety margin, given that the flow 

channels in the membrane modules are 1 mm in height. 

To confirm that sedimentation occurs in laminar flow conditions (Reynolds number value<2040 28), the 

maximal diameter of sludge particles settling in laminar conditions (dmax ) was calculated by Equation 20. 

     √
    

  (     )    

 

             Equation 20 

Thus, laminar conditions can be assumed since the admitted diameter is lower than the maximal 

diameter of sludge particles settling in laminar conditions (0.25 mm < 0.332 mm). 

Given the above assumptions, the maximal (terminal) settling velocity (Vsmax) can be calculated by 

Equation 21. 

      
    

  (     )   

    
              Equation 21 

 

This corresponds to the maximal upflow velocity of water through the settler. In order to calculate the 

inlet height in the cone corresponding to the maximal upflow velocity of water, it is necessary to 

calculate the minimal surface area Smin required and the respective radius (Rmin) by Equation 22 and 

Equation 23 (Table 7). 
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 Equation 22 

     √
    
 

 Equation 23 

Table 7 - Determination of the inlet height in the cone for the estimated maximal upflow velocity of water through the settler 

 Value Unit 

Water flow rate 8L/d= 9.5x10-08 m3/s 

Smin 5.55x10-05 m2 

Rmin 0.00420 m 

The calculated radius is of only 4 mm. This means that at the 300 ml mark (~0,245 m height) the upflow 

velocity will be much lower than the maximum. 

The upflow velocity (vuf) and volume mark values as functions of cone height can be calculated by 

Equation 24 and Equation 25: 

     
          

  (                 
 )

 Equation 24 

              ( √  
 

 (    )
  √  

 
   

  Equation 25 

 

The upflow velocity is represented for different height and correspondent volume mark values in Figure 

10. 

 

Figure 10 - Water upflow velocity as a function of the sedimentation vessel heights and volume marks values in the 
operational conditions used. 
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3.1.3.2. Forward osmosis system receiving the settler supernatant 

The FO system was connected to a feed vessel with 500 mL of working volume, receiving the 

supernatant from the sedimentation vessel. Aqueous 0.75 and 2.14 M NaCl was used as drawing 

solutions, with bleed flow rates values of 125 and 250 mL/d, respectively. The bleed corresponds to a 

flow rate removed from the feed vessel in order to avoid a great increase in the reactor’s conductivity 

and establish a steady state. The input to the feed vessel was connected to a level controller in order to 

adapt to the expected permeate flow rate changes in time and maintain the volume at 500mL. The flux 

through the membrane was determined every hour during the test. 

The supernatant input (controlled by the feed vessel level controller, adding supernantant every time the 

level was lower than 475 mL) was performed by a ProMinent pump and the bleed (125 and 250 mL/d) by 

a Masterflex® L/S economy drive, from Cole Parmer, fitted with a model 77200-50 head. 

 

Conductivity values were determined in the feed vessel during the test with this experimental setup.  

 

3.1.4. Enhanced A-stage with tangential filtration systems 

3.1.4.1. General layout and MF stage 

In order to prevent the passage of large size suspended solids to the membrane units, a first barrier with 

a mesh sieve was installed inside the A-reactor (Figure 11 and Figure 12). The reactor was magnetically 

stirred. 

 

Figure 11 – Enhanced A-stage with sieve and membrane system. 
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The sieve had a pore size around 1 mm and was mounted on a small inverted funnel. The remainder of 

the system is the same as the first membrane-assisted set-up but here it was only tested with the MF 

system. Tested options included a thin mesh sieve (pore size 400 μm), a thin mesh sieve (pore size 400 

μm) coupled to a membrane support layer (pore size 14 µm) instead of the membrane, and with only the 

membrane support layer (no sieve). This way, the HRT in the A-stage is calculated by Equation 26 

    
       

                 
 
     

     
 

      

           
       Equation 26 

The expected SRT is again 2 days assuming negligible solids in the effluent (Equation 27). 

    
      

               
 
      

     
 
 

  
 

     

         
        Equation 27 

 
Filtered liquid was pumped at a constant flow rate by suction through the membrane support layer at a 

fairly low transmembrane pressure (less than 1 bar), through the application of adequate pump velocity. 

A Watson Marlow SCI 323 pump was used for permeate extraction. The permeate flux value was 

measured every hour during the essay in every experimental setup used, by determining the permeate 

volume in each hour. The test began with a permeate flux value of 8 L/d. On day 19 began the sludge 

waste stream (0.250 L/d), and thus the permeate flux value was corrected to 7.750 L/d (Figure 11). The 

bleed corresponds to a flow rate removed from the reactor in order to establish a steady state. The flow 

rate in the MF modules was 10 mL/s=10x10-6 m3/s, as in the previous MF systems. 

New WW was added to the feed vessel every two days and the sludge waste stream was introduced on 

day 19. The membranes were washed on the feed side with MiliQ water for 10 minutes, and when 

necessary for 15 minutes with citric acid (2%), 15 minutes with sodium hypochlorite (~1 %) and 15 

minutes with MiliQ water again, two days per week beginning on day 6. On days 14 and 26 the 

membranes were changed. 

 

Figure 12 - Enhanced A-stage with sieve and membrane system. 

A – A-stage; B – MF system; C – Input pump; D – Bleed system 
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As in the previous system, TS and VS determinations were done on the initial ML and on the sludge 

bleed, which was performed directly from the reactor. TS and VS of A-stage samples were determined 

every two days. 

The sCOD, tCOD, chloride, nitrate, nitrite, sulphate, orthophosphate, total ammonia nitrogen (TAN) and 

Kjehldahl-Nitrogen (Kj-N) determinations were performed every two days on the effluent stream and on 

the new wastewater added. 

3.1.4.2. Forward osmosis system receiving the MF permeate 

The FO system was connected to a feed vessel with 500 mL of working volume, receiving the MF 

permeate (Figure 13). The FO operated with 2.14 M NaCl as drawing solution and a bleed of 250 and 

1500 mL/d. The bleed corresponds to a flow rate removed from the feed vessel in order to avoid a great 

increase in the reactor’s conductivity and establish a steady state The input to the feed vessel was 

connected to a level controller in order to adapt to the expected permeate flow changes in time, keeping 

a constant volume of 500 mL. The flow rate is 10 mL/s=10x10-6 m3/s, as in the previous FO systems. 

 

Figure 13 – FO system connected to MF permeate. 

A – FO feed vessel; B – FO system; C – Input pump; D – Bleed system 
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The flux through the membrane was measured every hour during the test. Conductivity was measured in 

the feed vessel and in the drawing solution during the tests with this experimental setup. 

The MF permeate input (controlled by the feed vessel level controller, adding MF permeate every time 

the level was lower than 475 mL) was performed by a ProMinent pump and the bleed (250 and 1500 

mL/d) by a Masterflex® L/S economy drive, from Cole Parmer, fitted with a model 77200-50 head. 

 

3.1.5. Primary membrane enhanced A-stage: Batch test with A-sludge as feed 

In order to better mimic a highly concentrated A-stage, a batch test with an A-stage continuously fed 

with A-sludge and concentrated through the application of a FO system was also performed. The 

experimental setup described on section 3.1.2 was also used in this test. 

Aqueous 2.14 M NaCl was used as drawing solution with a bleed flow rate of 1500 mL/d in order to 

better compare with the previous essays. The bleed corresponds to a flow rate removed from the feed 

vessel in order to avoid a great increase in the reactor’s conductivity and establish a steady state. 

In this system, the membranes described in 3.1.2.3 were used. The membranes were washed daily with 

MiliQ water for 10 min in the feed side. 
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3.2. Analytical Techniques 

3.2.1. Determination of the Chemical Oxygen Demand (COD) 

The determination of the total COD was performed using the classical method of oxidation by potassium 

dichromate. This test can be used for transparent, clean water and heavy polluted waste water samples 

with a high content in organic material with a COD value between 15 and 15000 mg O2/L. In general, 15 

to 160 mg O2/L kits were used for the soluble COD (sCOD) determination and 100 to 1500 mg O2/L kits 

were used for total COD (tCOD) determination. Proper dilutions and use of the appropriate kits for the 

adequate concentrations were used when necessary. 

The most types of organic material can be oxidized in acid environment, by an excess of potassium 

dichromate (K2Cr2O7) in the presence of sulfuric acid-silver sulfate as a catalyst. Mercuric sulfate (HgSO4) 

is added in order to precipitate the chlorides and thus minimizing their interference with the COD 

determination. The interference of nitrite is countered by the addition of sulfamic acid. So, the test tubes 

contain sulphuric acid 95%, mercury (II) sulphate < 1% Hg and potassium dichromate < 0,2% Cr. 

An aliquot of 2 mL from the sample was slowly added without mixing so that two separate layers were 

formed. After shaking, the test tubes were placed into the heating block. After a reaction time of 2 hours 

at 148°C, the tubes were removed from the heating block, shaken once after 10 min waiting and allowed 

to cool to room temperature. Finally, the outside of the test tube was cleaned with paper and the COD 

concentration was measured through photometric determination at 620 mm wavelength. 

The sCOD determination was performed in the same manner after filtering the sample with a disposable 

syringe filter Chromafil ® Xtra PP-44/25 from Macherey-Nagel (pore size 0.45 µm). The wavelength 

applied was between 436 and 445 nm. 

The samples were destructed in a Nanocolor® Vario 4 from Macherey-Nagel and analyzed in a 

Nanocolor® 500D from Macherey-Nagel. 

The samples COD content was analyzed using Macherey-Nagel GmbH & Co. KG cuvette test kits (REF 985 

926 Test 0-26 10.10 Nanocolor® COD 160 and REF 985 929 Test 0-29 10.10 Nanocolor® COD 1500). 
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3.2.2. Determination of the Total Ammonia Nitrogen (TAN)  

This method is used for concentrations between 5 and 300 mg ammonia nitrogen/L. The total 

ammonium/ammonia nitrogen (TAN) was determined through distillation. Thus, 0.4 g of magnesium 

oxide (MgO) was added to 10 mL of sample to convert all ammonium to ammonia, which was 

subsequently distilled out (Vapodest 30s, Gerhardt) and condensed into 10 mL of boric acid with 

indicator. Back-titration of the boric acid indicator solution with 0.02 M hydrochloric acid to its original 

pH of 5.3 allows for determination of the ammonium content. 

The ammonia nitrogen is calculated by Equation 28, 

   
   (     )   

(   )           

              
 Equation 28 

where t corresponds to the titre of the HCl solution (0,02 M or adapted), A corresponds to the volume of 

HCl used for the sample titration (mL) and B to the volume of HCl for the blank (mL). 

 

3.2.3. Determination of Kjehldahl-Nitrogen (Kj-N) 

Kjehdahl-nitrogen includes both the organically bound nitrogen and ammonium/ammonia nitrogen. 

Nitrogen in cyclic organic compounds is not always recovered 29. 

The analysis is applicable for both drinking and waste water. N concentrations detected by this method 

are between 9 and 250 mg/L. The Kjeldahl-method is based on the conversion of organic nitrogen into 

ammonium-nitrogen by destruction using concentrated sulphuric acid, potassium sulfate (K2SO4) to raise 

the boiling point and copper sulfate (CuSO4) as a catalyst at high temperatures (400C). 

Thus, to 10 mL of sample one kjeldahl tablet (5 g K2SO4 and 0.5 g CuSO4.5H2O) and 10 mL of concentrated 

sulphuric acid are added. After 1/1.5 h in the destruction device at 400C (until the liquid is clear), the 

tubes are left to cool off until all of the white fumes have disappeared. 

Subsequently, 50 mL sodium hydroxide is automatically added to the sample to convert all ammonium to 

ammonia, the samples is distilled and condensed into 10 mL of boric acid solution, and the content is 

determined by acid-base titration, as described for TAN-determination. The endpoint of the titration is 

situated around pH 5.3 and is also visible by the indicator color change from green to blue/purple. 

The Kjeldahl nitrogen concentration is calculated by Equation 28. 
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3.2.4. Total and volatile solids 

Total solids (TS) were determined by drying the sample in a crucible for 24h at a temperature of 105°C. 

Volatile solids (VS) were determined through subsequent ashing of the dry solids for 2h at a temperature 

of 600°C. The difference in mass between the dry solids and the ashes was taken as the mass of the 

volatile solids in the sample. The TS determinations were performed on a Memmert oven, while the VS 

were performed in a Nabertherm B150 incinerator. 

 

3.2.5. Chloride, nitrate, nitrite, sulphate and orthophosphate 

Chloride (Cl-), nitrate (NO3
-), nitrite (NO2

-), sulphate (SO4
2-) and orthophosphate (PO4

3-) concentrations 

were analysed through ion chromatography (IC 761 Compact, Metrohm). The samples were filtered with 

0.45 µm filters. 1 mL of the filtered sample was added to 9 mL of MiliQ water. 

 

3.2.6. Conductivity 

Conductivity measurements were performed with a Consort C833, Multi-channel analyser. 

The conductivity meter was calibrated using a standard of a known value. Calibration was performed 

using three standards (0.01, 0.1 and 1 M KCl). This results in good accuracy over a wider range of 

measured values. 

 

3.2.7. Oxygen concentration 

Oxygen concentration measurements were performed with an HQ40d LDO electrode connected to a 

HACH multi-meter analyser. 
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4. Results 

4.1. FO system’s drawing solution and correspondent corrective solution 

In order to determine the value of the drawing solution concentration providing a desired flux value, a 

clean water flux test for different NaCl concentrations in the draw solution was performed (Table 8). 

 

Table 8 – Conditions used in the clean water flux experiments for determination of the NaCl concentration in the drawing 
solution for a desired flux values 

NaCl concentration in 

the drawing solution 

(M) 

Water flow rate and corresponding water flux, J 

0.5 0.0196 

g/s 

5.68 

L/(m
2
.h) 

1 0.0295 8.55 

2 0.0433 12.6 

4 0.0662 19.2 

 

 

Figure 14 – Clean water FO fluxes obtained at different NaCl drawing solution concentrations. 

Thus, using the results on Figure 14, for a flow rate of 7.875 L/d (corresponding to 13.22 L/(m2.h), for the 

used membrane module), the drawing solution molarity should be ~ 2.33 M. However, through the 

whole work, it was used 2.14 M as drawing solution by technical mistake. For a desired flow rate of 3.94 
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L/d (6.61 L/(m2.h) for the used module), the drawing solution molarity is ~ 0.58 M. A value of 0.75 M was 

used to provide a safety margin. 

According to the data provided in Cath et al. (2006)18, 2.14 M NaCl correspond to an osmotic pressure of 

around 125 atm, and 0.75 M NaCl to around 50 atm. 

Since in FO systems the water is permeated from the feed side through the membrane to the drawing 

solution, it is important to adjust the concentration of the drawing solution in order to keep this value 

constant and corresponding performance at a constant level. In this system, a 5 M NaCl corrective 

solution was used for this, a concentration value near the NaCl solubility limit. 

The drawing solution concentration (Cd) is calculated by Equation 29 

   
     
        

 Equation 29 

where mi is the number of moles of salt in the initial drawing solution, mb is the number of moles of salt 

from the corrective solution, Vi is the drawing solution volume in L, Vf is the water volume permeated 

from the feed in L, and Vb is the necessary volume from the corrective solution in L. Thus, according to 

the system’s properties the Equation 30 and Equation 31 result. 

        Equation 30 

  

  
            Equation 31 

 

This way, for a desired flow rate of 7.875 L/d and using 2.14 M NaCl as drawing solution, 246 mL/h of 5 

M NaCl should be applied. And 29.0 mL/h of 5 M NaCl should be applied for a flow rate of 3.9375 L/d and 

0.75 M NaCl as drawing solution (see Table 9). 

 

Table 9 – Results from the determination of the appropriate corrective solution flow rate 

 Value Unit 

Desired permeate flow rate 7.875 3.9375 L/d 

Drawing solution concentration 2.14 0.75 M 

Corrective solution flow rate 0.246 0.0290 L/h 
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4.2. Primary membrane enhanced A-stage 

The preliminary tests assessed the feasibility of connecting the A-stage to two different membrane 

systems: MF and FO. The performance of each system was evaluated based on the permeate flux 

through the membranes using WW as feed (Figure 15 for MF and Figure 16 for FO). The evolution of the 

conductivity values in the FO system was also followed in the reactor and in the drawing solution during 

the test (Figure 17). 

 

Figure 15 - Flux through the MF system in a primary membrane enhanced A-stage using WW. 

 

Figure 16 - Flux through the FO system in a primary membrane enhanced A-stage using WW as feed, with 0.75 M NaCl as 
drawing solution and 25.4 mL/h of 5 M NaCl as corrective solution. 

The flux through the membranes significantly decreased after only a few hours in both membrane 

systems (Figure 15 and Figure 16), the drop being more pronounced in the MF system. In addition, the 

increasing level of fouling caused the systems to fail because of the resulting overpressure. However, it is 

interesting to observe that the two systems begin with a similar flux value, as desired. Still, in the FO 
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system the drawing solution dilution should have been corrected with 29 mL/h of 5 M NaCl instead of 

the 25.4 mL/h value used, which could have contributed to the suboptimal performance. 

 

 

Figure 17 - Conductivity along time in the A-stage and in the drawing solution in the FO system test. 

 

From the measured conductivity in the A-stage and in the drawing solution, during the experiment with the 

FO system, it is visible that in the A-stage there is a clear tendency for an increase in conductivity along 

time, while the salt concentration in the drawing solution was stable after the first 3 hours (Figure 17). 
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4.3.  A-stage coupled to a settler and membrane system 

4.3.1. Operation of the A-stage coupled to the settler 

In order to prevent large size solids to accelerate fouling in the membrane units, a sedimentation vessel 

was used, separating a supernatant with lower suspended solids content from most of the sludge 

present in the activated sludge suspension in the A-stage. 

The dissolved oxygen concentration in the A-stage was measured in an hourly basis during the test and is 

represented in Figure 18. 

 

Figure 18 – Dissolved oxygen concentration in the A-stage, during the experiment with a settler and a FO unit. 

 

The dissolved oxygen concentration in the A-stage should have been kept between 0.1 and 1 mg/L in 

order to prevent an anoxic environment but also to enable the system to reduce nitrate and nitrite, 

although at such low SRT it was already know that it might be difficult. However, it is visible in Figure 18 

that this was only achieved after day 4, after a period with higher oxygen concentrations (between 0.5 

and 4 mg/L), and it is also visible an increase in the last day of the essay. 

The sCOD and tCOD values were determined on the WW fed to the system and on supernatant samples 

taken from the settler at predetermined times (Figure 19) and on a sample from a mix vessel receiving all 

the supernatant from each day (Figure 20). 
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Figure 19  – Soluble COD and total COD values in supernatant samples taken at given times and in the fed WW. 

 

Figure 20 – Soluble COD and total COD values in supernatant samples from the day mix vessel and in the fed WW. 

 

The sCOD levels in the supernatant remained stable up to day 10, followed by a steady increase, 

indicating that soluble organics were being accumulated in the system (Figure 19 and Figure 20). 

In the first days the tCOD levels in the supernatant are slightly lower than those of the WW added 

(Figure 19), indicating that some overall removal occurred. However, from around day 8 on, no apparent 
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remaining higher than those in the WW added (Figure 19). This could also be due to the carryover of 

biomass in the supernatant, as indicating by the loss of biomass measured in the A-stage (see Figure 26) 

 

By analysing the samples using IC, it was possible to follow the concentrations of several anions in the 

WW added and in the supernatant throughout the experiment. 

Analyzing the chloride profile (Figure 21), there was in general no difference between chloride 

concentrations in the added WW and in the supernatant, showing an approximate constant 

concentration between 9 and 14 mg/L. 

 

Figure 21 – Chloride concentration in the supernatant samples from the day mix vessel and in the fed WW. 

 

When the added WW had some nitrite, the system completely removed it (Figure 22). However, some 

nitrite was detected in the supernatant on the first days of experiment, coinciding with higher dissolved 
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Figure 22 - Nitrite concentration in the supernatant samples from the day mix vessel and in the fed WW. 

When detected in the system the nitrate concentrations were very low (below 0.06 mg/L), and whenever 

input of some nitrate from the added WW was observed, the system was able to remove it (Figure 23). 

As with nitrite, the only exceptions were the first days of e experiment when the presence of nitrate was 

detected in the supernatant, corresponding to the days with higher dissolved oxygen concentrations in 

the A-stage (Figure 18). 

 

Figure 23 - Nitrate concentration in the supernatant samples from the day mix vessel and in the fed WW. 
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A clear phosphate removal effect is not visible in the concentration profiles (Figure 24). However, when 

comparing the phosphate levels in the supernatant with those in the WW added in the previous day, a 

reduction between 10 and 20% is observed (Figure 24). 

 

Figure 24 – Phosphate concentration in the supernatant samples from the day mix vessel and in the fed WW. 

The sulphate concentration profiles only indicate an apparent reduction in the first days of the 

experiment (around 40%), subsequently showing similar values in the supernatant and in the WW added 

to the system (Figure 25). 

 

Figure 25 – Sulphate concentration in the supernatant samples from the day mix vessel and in the fed WW. 
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Analyzing the VS and TS levels in the A-stage during the test, there was a clear loss of sludge during the 

experiment, reaching 62% in TS and 67% in VS (Figure 26). 

 

 

Figure 26 – VS and TS values in the A-stage coupled to the settler, along the experimental time. 

 

4.3.2. Results from the forward osmosis system receiving the settler supernatant 

The supernatant resulting from the A-stage coupled to the settler was fed to a 500 mL, level-controlled 

vessel connected to the FO system with 0.75 and 2.14 M NaCl as drawing solutions and 125 and 250 

mL/d of bleed flow rates, respectively. 

It is visible that at different drawing solutions concentrations the decreasing flux profile is similar, the 

same value of stabilised flux being achieved (around 2 L/m2.h) (Figure 27). The main difference was the 

initial flux values obtained, the 2.14 M solution leading to higher flux levels than the 0.75 M, as expected 

(Figure 27). However, the system using 2.14 M NaCl should have been corrected with 246 mL/h of 5 M 

NaCl instead of 25.4 mL/h, contributing to justify the lower performance of the system. In Figure 27, the 

expected flux in the 2.14 M NaCl FO system with 25.4 mL/h of 5 M NaCl is represented for comparison. 

Additionally, 2.33 M NaCl should have been used as drawing solution instead of 2.14 M, and a flow rate 

of 29 mL/h 5 M NaCl should have been used to correct the 0.75 M drawing solution (see section 4.1), 

thus it was already predicted that the flux values would be lower. 
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Figure 27 - Flux through the FO system fed with the settler supernatant, with 0.75 and 2.14 M NaCl as drawing solutions and 
25.4 mL/h of 5 M NaCl as corrective solution. The expected flux values for 2.14 M NaCl with 25.4 mL/h of 5 M NaCl are also 

represented. 

 

Following the conductivity values in the feed vessel along the experiment time, it becomes clear that 

both systems behave similarly in the first 30 hours (Figure 28). However, as the experiment progressed 

further, at higher drawing solution concentration, the conductivity showed a smaller increase. This could 

have been due to the similar flux values in both systems and to the higher bleed flow rate in the 2.14 M 

NaCl system, which therefore was operated with a higher supernatant input flow rate. 

 

Figure 28 - Conductivity values in the FO feed vessel along the experiment time, with 0.75 and 2.14 M NaCl as drawing 
solutions and 25.4 mL/h of 5 M NaCl of corrective solution. 
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From the values in Figure 29, it is clear that the two systems presented a similar profile relating the flux 

and the conductivity values in the feed vessel. For 30 mS/cm or higher conductivity values, the flux tends 

to be maintained, around 2 L/m2.h. 

 

Figure 29 - Relation between the permeate flux in the FO system and the conductivity values in the feed vessel, with 0.75 and 
2.14 M NaCl as drawing solutions and 25.4 mL/h of 5 M NaCl of corrective solution. 

 

4.4. Enhanced A-stage with tangential filtration systems 

4.4.1. Operation of the A-stage with a mesh sieve coupled to the MF unit 

In order to prevent the passage of large size suspended solids to the membrane MF units, a first barrier 
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with the membrane support layer only. 

In this experiment, the permeate flow rate value was controlled at around the desired value of 8 L/d 

(corresponding to a flux of 14.1 L/m2.h) before the sludge bleed was started, and 7.75 L/d 
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Figure 30 – Permeate flux values in the MF system coupled to the A-stage fitted with mesh sieve, along the experimental 
time. Setpoint values for the permeate flow rate without (red) and with (green) sludge bleed are also given. 
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Figure 31 – Dissolved oxygen concentration in the A-stage coupled to a mesh sieve and MF unit, along the experimental time. 
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Figure 32 – Soluble COD and total COD values in the permeate mix and fed WW from the MF system coupled to the A-stage 
fitted with a mesh sieve, along the experimental time. 

 

 

Figure 33 - Soluble COD and total COD values in permeate time samples and in the fed WW from the MF system coupled to 
the A-stage fitted with a mesh sieve, along the experimental time. 
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16th day on, there is no significant ammonia and Kj-N removal in the system (Figure 34 and Figure 35). It 

should be noted that between days 18 and 22 low concentrations of ammonia were measured in the 

system. 

 

 

Figure 34 - TAN values in permeate time samples and in the fed WW from the MF system coupled to the A-stage fitted with a 
mesh sieve, along the experimental time. 

 

 

Figure 35 - Kj-N values in permeate time samples and in the fed WW from the MF system coupled to the A-stage fitted with a 
mesh sieve, along the experimental time. 

0

20

40

60

80

100

120

0 10 20 30 40

TA
N

 (
m

g/
L)

 

Time (days) 

TAN fed WW

TAN time samples

0

20

40

60

80

100

120

140

160

0 10 20 30 40

K
j-

N
 (

m
g/

L)
 

Time (days) 

Kj-N fed WW

Kj-N time samples



54 
 

The WW from the Ossemeersen WWTP exhibited less than half the chloride concentrations measured in 

the WW from the Maria Middelares WWTP. The system did not remove any of the chloride present in 

either WW feeds (Figure 36). 

 

Figure 36 - Chloride concentration values in the permeate mix and fed WW from the MF system coupled to the A-stage fitted 
with a mesh sieve, along the experimental time. 

The nitrite concentrations in both of the fed WW were always below the detection limit. There was some 

production of nitrite in the system during the essay (Figure 37), essentially in the early stages when the 

dissolved oxygen concentration was high (Figure 31). 

 

Figure 37 - Nitrite concentration values in the permeate mix and fed WW from the MF system coupled to the A-stage fitted 
with a mesh sieve, along the experimental time. 
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Also, the WW added did not generally contain detectable nitrate levels and there was some production 

of nitrate in the system essentially in the first days (Figure 38), again coinciding with higher dissolved 

oxygen concentrations (Figure 31). 

 

 

 

Figure 38 - Nitrate concentration values in the permeate mix and fed WW from the MF system coupled to the A-stage fitted 
with a mesh sieve, along the experimental time. 
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Figure 39 - Phosphate concentration values in the permeate mix and fed WW from the MF system coupled to the A-stage 
fitted with a mesh sieve, along the experimental time. 

 

The sulphate concentration profile shows that there was some sulphate in the fed WW, frequently 

between 5 and 10 mg/L, but the system generally did not remove it, with the exception of days 18 and 

22 when almost all the sulphate was apparently removed (Figure 40). 

 

Figure 40 - Sulphate concentration values in the permeate mix and fed WW from the MF system coupled to the A-stage fitted 
with a mesh sieve, along the experimental time. 
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When analyzing the TS and VS levels in the A-stage samples taken during the test, it can be concluded 

that the system presented higher VS/TS ratio values in the first days. With the exception of the samples 

around day 18, showing abnormally high TS and VS values, the system showed a steady increase in the 

solids contents in the A-stage, after an initial drop. After 36 days and considering the VS and TS content 

from the initial sludge in the experiment, the increase was of 45% in TS and 40% in VS. 

 

Figure 41 – VS and TS values in the A-stage coupled to a mesh sieve and MF unit, along the experimental time. 
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maximum value being the same for both (Figure 42), as expected. It is also visible that the system with 

the higher bleed rate (1500 mL/d) tends to maintain a higher flux value throughout the experiment 
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Figure 42 - Flux through the FO system fed with the MF permeate, with 2.14 M NaCl as drawing solution and 246 mL/h of 5 M 
NaCl as corrective solution and bleed values of 250 and 1500 mL/d. The flux value corresponding to the desired permeate 

flow rate of 8 L/d is also shown. 

Monitoring the conductivity in the feed vessel and in the drawing solution for both assays, it was 

observed that the conductivity in the feed with 250 mL/d bleed increased more and faster when 

compared to the 1500 mL/d bleed alternative (Figure 43 and Figure 44), which is expected since new MF 

permeate is added more frequently in the latter. 

 

 

Figure 43 – Time course of the conductivity values in the feed vessel and drawing solution from the FO system fed with the 
MF permeate, with 2.14 M NaCl as drawing solution and 246 mL/h of 5 M NaCl as corrective solution and a bleed value of 250 

mL/d. 
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Figure 44 - Time course of the conductivity values in the feed vessel and draw solution from the FO system fed with the MF 
permeate, with 2.14 M NaCl as draw solution and 246 mL/h of 5 M NaCl as corrective solution and a bleed value of 1500 

mL/d. 
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4.5. Primary membrane enhanced A-stage: Batch test with A-sludge as feed 

In order to better mimic a highly concentrated A-stage, a FO system with 2.14 M NaCl as drawing 

solution was directly connected to an A-stage feed with A-sludge. 

Again, a 2.33 M NaCl drawing solution should have been used (see section 4.1), and thus it was already 

expected that the flux would be lower than the desired value (red line on Figure 45) 

As observed in the first test reported in section 4.2, the flux values decline sharply in the first hours. In 

this system, the flux levels obtained were around half after 24h of experiment and after 48h the 

membrane system could no longer hold the overpressure due to the fouling effect (Figure 45). 

 

Figure 45 - Flux through the FO system fed directly with A-sludge, with a 2.14 M NaCl as drawing solution and 246 mL/h of 5 
M NaCl as corrective solution and a bleed of 1500 mL/d. The flux value corresponding to the desired permeate flow rate of 8 

L/d is also shown. 

Although a 10 minutes washing cycle with MilliQ water was carried out on the feed side of the 

membrane on the second day, which was not enough to restore a stable flux value. Subsequently, a 

cleaning cycle of 15 minutes with citric acid (2%) followed by 15 minutes with sodium hypochlorite 

(around 1 %) and by 15 minutes with MilliQ water was applied. Since this procedure also did not improve 

the flux value, a new batch of A-sludge was introduced in order to test whether the problem would be 

due to the sludge properties resulting from 48 hours of process operation. This approach also did not 

restore the flux levels so the final option was to clean and change all the tubing, which also did not bring 

a better result. At this stage a MilliQ water permeation test was performed which also failed due to 

overpressure buildup, so it was concluded that there was irreversible fouling of the FO membranes. 
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As in the others FO tests, the conductivity in the A-stage feed tended to rise due to the water 

permeation to the drawing solution side. However, there was again an unexpected decrease in the 

drawing solution conductivity (Figure 46) despite the corrective solution addition being performed at a 

flow rate calculated to compensate for a higher flux value than the ones actually registered. 

 

Figure 46 - Time course of the conductivity values in the feed vessel and draw solution from the FO system fed directly with 
A-sludge, with 2.14 M NaCl as drawing solution and 246 mL/h of 5 M NaCl as corrective solution and a bleed of 1500 mL/d. 

As expected and already registered in the previous FO tests, to higher conductivity values in the feed 

vessel correspond lower permeate flux values, but this effect is attenuated in the higher conductivity 

range (Figure 47). 

 

Figure 47 - Relation between the permeate flux in the FO system fed directly with A-sludge and the conductivity values in the 
feed vessel, with 2.14 M NaCl as drawing solution and 246 mL/h of 5 M NaCl as corrective solution and a bleed of 1500 mL/d.  
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5. Discussion 

When analyzing the performance of the MF system here tested, it is clear that when they are directly fed 

with activated sludge, they collapse after a short time. The small width of the MF unit’s channels highly 

enhances the probability of clogging by the large solids pieces present in the sludge. Moreover, direct 

contact between the activated sludge and the membrane causes quick fouling and thus decreases the 

system’s efficiency. However, applying a mesh sieve barrier to the feed prevents the passage of the large 

sludge solids and renders the process much cleaner and efficient. In this way, it reached 36 days of 

steady performance by through the application of adequate cross flow velocity values and proper 

membrane cleaning. This was impossible when applying directly the A-stage sludge to this membrane 

system. 

As described by Lim and Bai (2003)30, the main types of membrane fouling in microfiltration of activated 

sludge in wastewater treatment were attributed to initial pore blocking followed by cake formation. In 

addition, only a combination of clean water backwashing, sonication and chemical cleaning with alkali 

and acid could achieve almost complete recovery of initial flux levels. In the Enhanced A-stage with 

tangential filtration systems here tested the membrane cleaning was only performed on the feed side 

with MilliQ water for 10 minutes, and when necessary with citric acid (2%, 15 minutes), followed by 

sodium hypochlorite (~1 %, 15 minutes) and MilliQ water again (15 minutes), two days per week. It is 

therefore possible that the membranes used did not exhibit their maximal capacity due to the lack of 

adequate cleaning. 

 

Concerning the FO system, the same conclusions can be draw as in the MF system. When dealing directly 

with activated sludge, like in the primary membrane enhanced A-stage arrangement fed with 

wastewater and with A-sludge as direct feed, the system collapses in a few hours due to the 

overpressure caused by intense fouling. However, when the FO system is operated with a cleaner feed, 

such as the supernatant from the A-stage coupled to a settler or the MF permeate from the enhanced A-

stage coupled to a sieve and MF membrane, the system is able to run for a much longer time, although 

at very low flux levels (up to 11 L/m2.h). Mi and Elimelech (2010)31 suggested that operating an osmosis 

membrane in FO mode may offer an unprecedented advantage in reducing or even eliminating the need 

for chemical cleaning, with alginate as a model organic foulant. However, in the present work when 

directly feeding A-sludge to the FO system, not even a chemical cleaning procedure on the second day of 
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operation could prevent the collapse of the system and inevitable need to replace the membrane. This 

result also contradicts the results of Cornelissen et al. (2008)32, who reported that reversible and 

irreversible membrane fouling were not found during their FO experiments using activated sludge 

suspensions. Besides, a main problem when using this membrane system is the formation of a double 

layer of salts in the membrane that makes the water passage more difficult. 

It should be reminded that, on the FO system connected to the supernatant of the A-stage connected to 

a settler, the 2.14 M NaCl drawing solution should have been corrected with a flow rate of 246 mL/h of 5 

M NaCl instead of the 25.4 mL/h value actually employed, which could partly justify the poor 

performance of the system. To test this hypothesis, actual flux values (Figure 27) were used to calculate 

the dilution effect imposed by the permeated water on the drawing solution. Together with the flow rate 

of the corrective solution, this allowed the estimation of drawing solution concentration values along 

time and correspondent predicted flux values, using the relation in Figure 14 (see section 4.1). This 

predicted flux values are also represented in Figure 27. After an initial significant decrease due to a 

registered flux value higher than the one used to calculate the corrective solution flow rate, the system 

consistently shows measured flux values lower than those the expected as a result of applying 25.4 mL/h 

of 5 M NaCl. The calculated flux shows an increasing trend as a result of the corrective solution delivering 

more NaCl than the system would need to keep up the previously measured flux value. This 

demonstrates that the relation in Figure 14 is clearly not applicable in the experimental system, and thus 

the poorer performance cannot be solely attributed to the lower corrective solution flow rate applied. 

Concentration-polarization and fouling effects are probably major contributors to the low flux values 

registered. 

Cornelissen et al. (2008)32 obtained a flux of 6.2 L/m2.h at 20±2 °C with 0.5 M NaCl as drawing solution as 

the best FO performance with an activated sludge feed. On the other hand, in the present work, a flux of 

6.6 L/m2.h was obtained after 3.5 hours with 0.75 M NaCl, when directly applying the FO system to the 

A-stage operated with wastewater, and a value of 6.4 L/m2.h was obtained after 29 hours with 2.14 M 

NaCl with the A-stage fed with A-sludge, the latter decreasing to 3 L/m2.h after 48 hours. 

 

Both the MF and FO systems could not be operated directly connected to the A-stage, mainly because of 

the small size of the filtration units (with only 1 mm of channel width), easily causing clogging and 

promoting the accelerated fouling. However, when working with feeds with a lower suspended solids 

content, like the settler supernatant or the mesh sieve filtrate, both systems were able to run through 

the tests, i.e. the system didn’t collapses before the test duration. 
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However, performance is much more difficult to predict and control in the FO system than in the MF 

system, due to the fact that in addition to the membrane properties, it is also influenced by the osmotic 

pressure difference between the drawing solution and the feed stream, which is very hard to control. 

The poor mixing in the drawing solution vessel and in the FO feed vessel and the impossibility to 

determine the bleed flow rate that would ensure a constant osmotic pressure value in the feed side are 

some reasons that may have caused the decrease in flux along time. Although the FO system showed a 

tendency towards a stable flux value after a given time in every test performed, this value was very low 

and not adequate for the initial objectives of the work. 

The MF system showed to be a very reliable solution when connected to the A-stage fitted with a mesh 

sieve barrier, being kept in operation for a very long period (36 days). However, it showed the 

disadvantage of requiring a constant update of the permeate pump velocity in order to keep a constant 

flux value, before the required membrane cleaning or replacement operations. 

Still, there is lack of experimental data in order to provide a wider basis for comparison between the MF 

and FO systems. The MF system should be further tested on the same set-ups that were run with the FO 

system. Namely, tests with the A-stage coupled to the settler and with the A-stage feed with A-sludge 

should be carried out. On the other hand, the FO system should also be tested with the A-stage fitted 

with a mesh sieve. 

 

The A-stage coupled to a settler was tested as means to allow the operation of the FO system. In this first 

stage, there was no significant COD removal (Figure 19 and Figure 20) due to the poor settling of the 

sludge leading to particulate matter (debris and biomass) carry over in the supernatant which showed up 

as COD. This poor settling is also reflected in the VS and TS profiles along time (Figure 26), since there is a 

visible decrease in the solids concentration present in the A-stage (up to 62% in TS and 67% in VS). Thus, 

the settler system needs improvement to render it more effective and reproducible. 

Nitrite and nitrate, when these anions are present in the system, presented very low concentration, so 

when there was an input from the WW added, the system was able to remove it (Figure 22 and Figure 

23). The only exceptions were the first operational days, reporting the presence of a certain level of 

nitrate (between 0.03 and 0.06 mg/L) and nitrite (between 0.12 and 0.18 mg/L) in the supernatant, 

which coincided with higher oxygen concentration, possibly inducing the occurrence of nitrification 33. 
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Concerning other anions, chloride removal was negligible (Figure 21), a reduction in phosphate 

concentration between 10 and 20% (Figure 24) was observed, and a significant reduction in sulfate 

concentration was registered in the first days (around 40%), which subsequently keeps very similar 

values in the effluent and in the WW added to the system (Figure 25). Thus, as expected, in general there 

is no significant removal of anions. 

 

In the enhanced A-stage with tangential filtration systems, a tCOD removal between 39 and 83% was 

observed and between 2 and 42% for sCOD. Although this is a positive result, it is nevertheless worse 

than other published works. Çiçek et al. (1999) 34 described a MBR and a conventional activated-sludge 

system fed with wastewater, which presented COD removal yields of  99.0% in the MBR and 94.5 % in 

the conventional unit. Côté et al. (1997) 35 reported on effluent separation by microfiltration hollow fibre 

modules immersed directly in the bioreactor, achieving over 96% of COD removal. Yamamoto et al. 

(1989) 36 who worked with a membrane module with a pore size of 0.1 μm immersed in an aerated 

bioreactor through which treated wastewater was collected by suction, achieving a COD removal yield 

higher than 95%. 

Analyzing the measured concentrations of ammonia, nitrate and nitrite in the enhanced A-stage with 

tangential filtration systems, TAN and Kj-N removal yields are low (Figure 34 and Figure 35). Still, the 

occurrence of nitrification was detected by the production of nitrite and nitrate by the system during the 

essay (Figure 37 and Figure 38), essentially in the beginning of the essay when the dissolved oxygen 

concentration was high. The nitrogen removal performance was worse than expected, since there are 

systems described in the literature with good results, like Çiçek et al. (1999) 34 who demonstrated 

effective nitrification in a MBR. The above mentioned set-up reported by Côté et al. (1997) 35, when 

operated in nitrification-denitrification mode, achieved 99% ammonia and 80% total nitrogen removal. 

With the system operated by Yamamoto et al. (1989) 36, up to 60% of nitrogen could be nitrified-

denitrified by intermittent aeration. 

As for the other analyzed anions, the enhanced A-stage with tangential filtration systems did not remove 

chloride (Figure 36), and generally could not remove phosphate (Figure 39) or sulfate (Figure 40). As in 

the previous system, in general there is no significant removal of anions, as expected. However, on days 

18 and 22 all the fed phosphate and almost all the fed sulfate were apparently removed. These 
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occurrences need to be examined as to the possible removal mechanisms taking place in the system. 

Çiçek et al. (1999)34 showed effective phosphorus utilization in their MBR system. 

Although several strains resembling members of the Acinetobacter-Moraxella-Mima group of bacteria 

can be shown to be responsible for phosphate luxury uptake 37, it is not probable that this specific 

phosphate removal mechanism could have been active only during days 18 to 22 of the experiment. One 

possible justification for the phosphate removal is precipitation through the presence of counter-ions. 

Luedecke et al. (1989) 38 described that the solubility of ferric phosphate in an activated sludge system 

was pH-dependent with a minimum at a pH value around 7.0. It was also proposed that the composition 

of the precipitating ferric hydroxy-phosphate can be represented by the empirical formula 

Fe2.5PO4(OH)4.5 
38. However, it was also admitted that adsorption phenomena had an important 

contribution for total phosphate removal, especially at low residual phosphate concentrations 38. Both 

Fe2+ and Fe3+ combine with orthophosphate in precipitation reactions. Ferric (Fe3+) ions form FePO4 

(strengite) in the reaction with ortho-P, while ferrous (Fe2+) ions form Fe3(PO4)2.8H2O (vivianite) 39. The 

iron hydroxide also participates in the removal of phosphate, setting up a slower exchange reaction of 

hydroxyl ions with orthophosphate (ortho-P) ions 39. The optimum pH for phosphate precipitation with 

ferric iron is the range between pH 4.0 and 5.0, while that for ferrous iron is close to 8.0 39. In practice 

wastewater treatment systems usually rely heavily on biological processes which have an optimum pH in 

the range of ca. 6.8 to 8.0 39. Although pH measurements were not done during the test in the enhanced 

A-stage with double membrane systems, this possibility is consistent with the fact that in the same 

period the system showed lower TAN concentrations (Figure 34). 

It is also described that high levels of P removal can be caused by the precipitation of calcium 

phosphates which become entrapped in the activated sludge floc matrix 40. Phosphate precipitation with 

calcium results in the formation of apatites (e.g. CaHPO4; Ca4H(PO4)3; Ca3(PO4)2) or hydroxyapatite 

(Ca5(PO4)3OH) 39. This precipitation is enhanced by low sewage pH 40, 41 values and thus is consistent with 

the period when the experimental system had lower TAN concentrations (Figure 34). In addition, there 

was still the possibility of phosphate precipitation with aluminium forming aluminium phosphate (AlPO4) 
39. 

Concerning the sulfate removal levels measured on operational days 18 and 22 of the enhanced A-stage 

with double membrane systems, there is the possibility that anoxic microniches may have supported the 

survival and activity of sulfate-reducing bacteria (SRB), resulting in the production of sulfide, as reported 

for activated sludge systems 42. This may be a possible justification since these days were the ones with 

the lowest dissolved oxygen concentration in the system (Figure 31). Due to the dissolved oxygen 
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concentration present, activated sludge is not a favorable environment for SRB. However, recent studies 

have shown that many SRB are very tolerant towards oxygen, which even may be used by some strains 

as an electron acceptor for adenosine triphosphate (ATP) generation 43. The oxygen tolerance of SRB and 

their ability to obtain energy by fermentation reactions and by the reduction of a wide range of 

alternative electron acceptors (including NO3
− and Fe(III)) should improve their ecological fitness in 

activated sludge systems 43. 

Although the enhanced A-stage with tangential filtration systems showed not to be very efficient in its 

COD removal function, it proved to be effective in retaining biomass since the solids content in the 

reactor increased, after an initial temporary decrease. In an overall balance, after 36 days, there was an 

increase of 45% in TS and 40% in VS (Figure 41). 

  



68 
 

6. Conclusion 

Overall, none of the set-ups tested in this work proved to be an effective improvement in this domain by 

enhanced organics recovery from wastewater via a membrane assisted A-stage. Although the enhanced 

A-stage with tangential filtration systems showed an increase in solids content in the A-stage, it was not 

very effective in the removal of COD. 

Comparing the MF and FO systems, both showed severe impairments when directly connected to the A-

stage, mainly due to clogging accelerated fouling. However, when working with a cleaner feed provided 

by intermediate settling or sieving, both membrane systems were able to operate for the duration of the 

tests (36 days for the MF system and 78 hours for the FO system in the enhanced A-stage with tangential 

filtration systems, for example). The FO system’s performance proved to be much more difficult to 

control and predict when compared to the MF system, due to the fact that besides depending on 

membrane properties, it was also influenced by the osmotic pressure difference between the drawing 

solution and the feed, which proved difficult to control. 

6.1. Recommendations for future research 

For a clearer selection of the most effective system, the MF alternative should be tested in the same 

arrangements run with the FO system, namely with the A-stage coupled to the settler and with the A-

stage fed with A-sludge. The FO system should also be tested with the A-stage fitted with a mesh sieve. 

As personal suggestion for future work with this system, one possible improvement is the use of other 

filtration modules, with larger channels in order to prevent the clogging effect by the solids in the A-

stage and thus reducing the risk of accelerate fouling and overpressure build up, or other filtration 

configuration, like filtration tubular modules. Other possible solutions to avoid this problem are the use of 

a MBR arrangement with modules immersed in the A-stage vessel or the application of vibratory systems. 

Concerning the FO performance, it would be interesting to test this membrane system with other 

monovalent salt and also with divalent salts as solutes in the drawing solution, and thus determine which 

provide lower salt polarization and salt leak to the feed solution, and leads to higher flux values. For 

example, CaCl2 present more than the double of the osmotic pressure for the same concentration of 

NaCl 18. It should also be studied the membrane permeability through ions determinations in the feed 

side and drawing solution side. 
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Finally, it would also be interesting to use the sludge produced by a highly concentrated A-stage in anaerobic 

digestion and fermentation process and compare their performances with those obtained in conventional 

activated sludge processes. Also, an economic analysis should be carried out in order to assess if the pumping 

energy requirements due to the application of the membrane systems are compensated by the possible gains 

from products and energy recovered through sludge anaerobic digestion or fermentation. 
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